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A theoretical representation of adsorption by particles injected into a gas stream that
was developed previously is used to assess results from a dry sorption injection experi-
ment. The particle-size distribution is required in the theoretical model, and this distri-
bution is measured for the experimental particles. The pore-size distribution is also mea-
sured and used to determine particle properties, including the effective diffusivity in the
pore passages within the particles, which is required by the model. Comparison of the
model and experiment establishes the crucial importance of accurate knowledge of the
equilibrium relation for the actual adsorbate—adsorbent system considered and of a
reliable representation of particle size and shape.

Introduction

Pollutant emissions in gaseous streams are found in a wide
range of industrial processes. The pollutant specie is often
removed using a solid adsorbent material, commonly in the
form of a packed bed of solid pellets. Packed beds have the
drawback that at any one time only the particles within the
adsorption front are actively adsorbing. The remaining parti-
cles in the bed are inactive, awaiting either the front to reach
them or regeneration, yet all particles contribute to pressure
loss across the bed at all times. Also, regeneration of a packed
bed requires either a duplicate bed to allow alternation of
regeneration and adsorption or a continuous recycling of par-
ticles, which is prone to difficulties.

A method that has been increasingly used is dry-sorbent
injection, in which particles are introduced into the gas flow
to be cleaned and collected at a downstream position after
the adsorption has taken place. The conditions of dry-sorbent
injection differ in several respects from packed-bed adsorp-
tion. The particles used are smaller in size, perhaps in the
range 1 pum to 100 pwm rather than millimeters as is typical of
packed-bed pellets, so that they can remain suspended in the
gas flow. Also, the particles in dry-sorption injection often
possess a distribution of sizes as a result of the particle pro-
duction method. Because the particles are small and are free
to move with the gas, convective mass transfer is less impor-
tant than in a packed bed where the particles are held in
place and the gas flows by them.
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In the present work, the theoretical model developed pre-
viously by the authors (Allen et al., 2001) is applied to results
from a dry-sorption injection pilot plant experiment. The
model is based on the equation for mass conservation of the
adsorbate specie in a spherical particle and the equation for
adsorbate conservation in the bulk gas surrounding the parti-
cles, with account being taken of the particle-size distribu-
tion. Results of an experiment using the volatile organic com-
pound perchloroethylene as adsorbate and commercially
available activated carbon particles as adsorbent are used to
assess the modeling. In the experiment, the bulk adsorbate
gas concentration is measured at several positions along the
flow in a pipe from the point of particle injection, so the
particle uptake of adsorbate can be determined at various
points in the adsorption process. Also, the particle-size distri-
bution and the pore-size distribution within the particles are
measured. These distributions allow the influence of particle
size to be represented and the effective diffusivity of ad-
sorbate within the particle pores to be determined. The equi-
librium relation of the adsorbate—adsorbent system is derived
from standard theory, although some modification to account
for the presence of water and perhaps other influences is
found to be necessary.

Experiment

The apparatus consists of a length of stainless-steel pipe
with provision for introducing heated gas and adsorbate and
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Figure 1. Experimental apparatus.

injecting particles under steady flow conditions. The experi-
mental arrangement is shown in Figure 1. The pipe used has
an 82.5-mm ID, d, and an overall length of about 7 m. This
gives a maximum residence time of about 0.5 s for the design
bulk velocity of 15 m/s. For the gas conditions used, the flow
is fully turbulent (Re,=45,200). The flow is vertically up-
ward for the first one-half of the pipe length, passes through
a 180° pipe bend of radius ratio 6:1, and then continues
downward in the vertical direction. The flow is driven by a
downstream blower that is placed after a particle filter. The
filter bags were automatically cleaned by reverse pulsed flow
when filter pressure drop exceeded 20 Pa. The deviation in
flow rate in the pipe associated with this changing filter pres-
sure drop was estimated to be less than 2%. The pipe was
lagged to maintain uniform gas temperature along the length.
Thermocouple measurements at eight positions along the
length confirmed that temperature varied by less than 6°C.
Flue gas from a natural gas boiler is used as the bulk gas
stream with perchloroethylene (C,Cl,) as the adsorbate
specie. The liquid adsorbate is injected into the flue-gas
stream through a Biral 9302 atomizer, producing a gas stream
at 150°C with an adsorbate mass fraction of 5.00x 10~*. Par-
ticles are introduced approximately 30 pipe diameters down-
stream of the adsorbate injection. The particles are conveyed
in a stream of air, also at 150°C, to an injection nozzle. The
nozzle introduces the air and particle flow through an oblong
hole cut along the side of the nozzle tube, an area of about

47 mm?2. The nozzle directs the injection flow in the up-
stream (downward) direction and approximately parallel to
the pipe axis. For the air flow rate used, the velocity at the
nozzle exit is about 80 m/s. Table 1 gives a summary of flow
rates and stream conditions of the experiment.

The particles used were activated carbon of type Fluesorb
B supplied by Chemviron Carbon Ltd. These particles are
produced by steam activation followed by grinding. Measure-
ments of surface area and pore-size distribution were made
as part of the experimental program to characterize the parti-
cles. A Micrometrics Gemini 2360 was used to measure the
specific internal surface area of the particles, and the pore-
size distribution was measured using a Micrometrics Pore
Sizer 9320. The particle-size distribution was measured using
a Particle Sizing Systems Accusizer 780A particle-sizing sys-
tem.

Particle flow rates of 0.113, 0.43, 0.74 and 1.35 g/s were
tested in the experiments. For each condition the initial ad-
sorbate concentration and gas temperature remained the
same. Concentration of adsorbate in the bulk gas was mea-
sured at three positions: 0.485, 3.435, and 6.505 m down-
stream of the particle injection nozzle exit. The concentra-
tion was measured using a flame ionization detector (Signal
3030PM Analyzer) with a sample extracted through a hole in
the pipe side wall along a heated line. There is the possibility
of further adsorption occurring during the delay time be-
tween extraction and the sample reaching the detector if par-
ticles pass through the sample line along with the gas. The
line and particle filter in the line just before the detector
were heated to a higher temperature (about 180°C) than that
of the gas in the pipe, which countered this continuing ad-
sorption by an opposing shift in the equilibrium. Readings
produced using sample lines of 2 m and 0.5 m length gave the
same concentration to within a few percent. The accuracy of
the detector instrument itself is believed to be within about
5%.

Gas flow rates were measured using an orifice plate and a
rotameter for the main gas flow and the injection gas flow,
respectively. The gas density in each case was determined
from temperature measurement using K-type thermocouples.
The uncertainty of the flow-rate determinations is within a
few percent. The mass flow rate of particles was determined
by recording the change of weight in the particle hopper over
the period of an experimental run at steady operation. The
measured mass flow rate is reckoned to have an uncertainty
of less than 1%. Thus, the uncertainties in determining the

Table 1. Experimental Conditions

Flow Rates Particle Characteristics
Total gas 67.2 g/s pp 624 kg/m>
Gas injection 315¢g/s € 0.672
Particle injection 0.113, 0.43, 0.74, 1.35 g/s 4, 3.47x10"°m?/s
Gas Properties T 2
p 0.840 kg/m3 K 985 kg/m>
" 230X 107> Ns/m? q 0.337
Y 1.35%107° m%% Dp 20.1 pm
Yz, 5.00%x10~* 5 1.01 pum
U 15.0 m/s |14 1.08 X103 m%/kg
d 0.0825 m A 743 % 10° m>/kg
Re, = pUd/n 45,200 Ager 717x10% m?/kg
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flow rates and concentrations of adsorbate in the bulk gas
are minor. The greatest uncertainty in the experiment, as will
be seen, is in the determination of particle characteristics.

In the experiment considered, the collected particle mass
is equal to the injected particle mass to within a few percent,
and no deposit is apparent when the apparatus is dismantled.
Thus, the fraction of injected particles that deposit on the
walls of the apparatus is small and the process of deposition
is not represented in the present modeling.

Model

The model developed previously by the authors (Allen et
al., 2001) is used here to probe the experimental results. The
model is based on the conservation equations for adsorbate
in the pore gas within the particles, for the adsorbate in the
bulk gas, and for particle mass. The distribution of particle
size is represented in the model equations. The model makes
the general approximations that particle properties are inde-
pendent of particle size and uniform over the particle vol-
ume, that the particles are spherical, that gas properties
within the pore are uniform (with the exception of adsorbate
concentration), and that adsorption heating can be neglected.
Many of these approximations follow directly from a restric-
tion to low adsorbate concentration, which is the practical
condition of usual applications of dry sorbate injection. The
model is summarized here, but for a detailed discussion the
reader is referred to Allen et al. (2001).

With the equilibrium between adsorbed mass per volume
of particle, m, and gas-phase mass per volume, pY, where p
is gas density and Y is sorbate mass fraction in the gas, rep-
resented with the Freundlich relation,

m=K(pY)?, (1)

the conservation equation for gas phase adsorbate at position
r in a particle can be written in terms of particle porosity, e,
and adsorbate effective diffusivity, J,, as

_1dpY 1 49 apY
1
[+ Ka(py)’ ]775(’2@7)' @)

This equation is solved for a spherical particle of diameter
D, subject to the conditions of symmetry at the particle cen-
ter and external adsorbate flux at the particle surface,

apY Dp
Eﬂ67=ph(YB—Y3) at r=7
Y
and —=0 at r=0, 3)
oar

and with zero mass of adsorbate within the particles at injec-
tion (¢ =0). The mass-transfer coefficient, 4, can be ex-
pressed in terms of the Reynolds number and the gas Schmidt
number as

9
h=—(2+0.6Re"*Sc'?), (€))
DP
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with U the average gas velocity in the pipe flow, u, the parti-
cle velocity, and w and 9 the bulk gas viscosity and adsorb-
ate diffusivity, respectively. Use of the mass-transfer coeffi-
cient in the external boundary conditions implies quasi-steady
outer flow. The particle velocity appearing in the Reynolds
number is determined from the Lagrangian equation of mo-
tion for the particle, which takes the form

Re??

du
- 1+
6

aup _ (up—U)
dt § Tg

: )

with the initial condition u, =0 at t=0.

Allen et al. (2001) argue that the preceding equations sim-
plify considerably depending on the values of parameters in
the Freundlich equilibrium relation, gas properties, and par-
ticle pore effective diffusivity. It is found that, for large Biot
number, Bi=hDp/ed,, just two parameters determine the
adsorption by a particle: the exponent, g, in the equilibrium
relation and the particle capacity parameter K *¢,, where K*
is the nondimensional equilibrium adsorption coefficient de-
fined as

-1
_ Kq(pYs,)!
€

K*

Q)

and ¢, is the particle volume fraction when all sizes have
reached mean equilibrium motion in the gas flow. The reduc-
tion of the particle adsorption process to dependence on just
two parameters results from normalization of time by the
usual diffusion time, D3/9,, but also by the particle capacity
K* to give the nondimensional time variable ¢*:

10,

"By ?

Four parameters affecting adsorption characteristics are
summarized in Table 2, along with the values taken for the

Table 2. Experimental Parameters

Adsorption rate

- K* 8.5%x10*
Accumulation rate
External diffusion time scale dr 1
B —[—] 6.7%1076
Internal diffusion time scale 9, LK*
Internal resistance to diffusion kD, 29 "
External resistance to diffusion ' €?, - €?,
Stokes time scale 1 9,
() ) () e
Adsorption time scale p 1+ K* "
Stokes time scale DpU
—_—— Por 1.1x1073
Flow time scale 18 uL
Vol. 47, No. 12 AIChE Journal



conditions of the present experiment. Adsorption coefficient
K* is large since, according to Lin et al. (1996), the adsorb-
ate mass in the condensed (adsorbed) phase at equilibrium is
invariably greater than that in the gas phase for the high pore
surface-to-volume ratios of interest. With K* large, the first
term on the lefthand side of Eq. 2 becomes negligible; that is,
accumulation of adsorbate in the gas in the particle pores is
small compared with the adsorption rate. Also, the ratio of
the time scale of response of the particle to changes in bulk
gas motion (Stokes time scale) to the time scale of adsorption
by the particle is small when K* is large. For the experimen-
tal conditions here, this ratio of time scales is less than 1073,
This means that Eq. 5 reduces approximately to u, = U dur-
ing nearly the entire adsorption time. In terms of the time a
particle spends in the pipe from injection to exit, the ratio of
Stokes time to this residence time gives an indication of the
initial fraction of the pipe length, L, where the velocities re-
main unequal. This fraction is about 10~3 in the present ex-
periment, or only about the initial 7 mm of the flow. Finally,
the ratio of time scales for external diffusion and internal
diffusion (including the effect of adsorption within the pores)
is less than 1073, so that the external diffusion process is
quasi steady and it is possible to use a steady mass-transfer
relation (Eq. 4) with good approximation.

Allen et al. (2001) estimated that “large” Biot number, for
which adsorption is independent of either Reynolds number
or Schmidt number, corresponded to Bi greater than about
40. For large Biot number, diffusion in the particle pores
controls the rate of diffusion into the particle and there is no
dependence on outer flow conditions. For the conditions of
the present work, however, the Biot number is 11 and exter-
nal mass transfer is significant. The extent of influence of the
Biot number is shown in Figure 2, where the change in ad-
sorbate uptake with time has been plotted. The Biot number
has been varied by changing the free gas diffusivity, ¢, with a
0.74 g/s mass flow rate of particles all of 20.1 wm and with
all other parameters as in Table 1, that is, corresponding to
the conditions of the present experiment. One can see that
there is relatively little effect of external diffusion for Biot

Bi=190 ¢ 49

1-Y /Y 5o

0'0 1 1 1 1
0.0 0.1 0.2 0.3 0.4 0.5

£ ()

Figure 2. Effect of Biot number on adsorbate uptake.

Dots indicate the effect for Bi =13 of excluding the repre-
sentation of gas turbulence in the mass-transfer model.
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number greater than around 100. For Bi=11, as in the
present experiment, though, quite a large effect is present.

The importance of external diffusion raises the question of
the influence of turbulence in the flow. Mass transfer can be
augmented by turbulent gas-velocity fluctuation that will con-
tribute to the velocity difference between the particle and the
gas in the Reynolds number of Eq. 4. An estimate of the
average level of relative velocity associated with turbulent
fluctuation may be derived from the result of Rizk and El-
ghobashi (1989), who examined the response of particles to a
spectrum of fluid fluctuation and found the result

F 1o\ 7!
_f;=(1+5—5) , ®)

u' Tr

with the Stokes time scale given by 74 = ppD3/18 u, where pp
is the particle density, and the turbulent time scale by 7, =
k/e,, where k is the turbulence kinetic energy and ¢, its dis-

sipation rate. Using the approximations u' =V u'> = 0.07U
and 7,=5D/U, where D is the pipe diameter, as the aver-
age turbulence characteristics over a section of developed
pipe flow, one finds the estimate for the additional relative
velocity characteristic of the turbulent fluctuations

up—u

1

U 0.07[1 Jirs ], ©)
where St is the Stokes number, St = 7;U/D. The fluctuation
relative velocity given by Eq. 9 has been included in the com-
putations of this work. It has the greatest effect for the largest
particles, since these have the largest Stokes number. How-
ever, the effect is minor, since the Reynolds number in Eq. 4
remains low even with the turbulence contribution. For the
20.1 pm particle with Bi =13, the effect of not including the
turbulence contribution of Eq. 9 is shown in Figure 2 as a
series of dots. The shift from the solid curve is slight.

The bulk gas adsorbate concentration depends on the
take-up of adsorbate by particles of different size. The bulk
adsorbate mass fraction depends on the balance between
convection and diffusion of adsorbate in the bulk gas and the
rate of adsorbate transfer to the particles at any location in
the flow. In the pipe flow considered here, it is a good ap-
proximation to neglect diffusion in the bulk gas as a mecha-
nism affecting the bulk gas adsorbate concentration and to
approximate the spatial change in bulk adsorbate along the
pipe as the equivalent change with time following the flow.
Introducing the volume fraction distribution function of par-
ticle size, f,,, and integrating over the adsorption rate 71 for
a single particle of size D, over all particle sizes to get the
total adsorption, one can write the equation for bulk gas ad-
sorbate mass per unit volume:

dpYg © ¢
7 =—f0 m;fyde, (10)
P

where V} is the volume of a particle of size Dp and ¢ is the
volume fraction of particles in the particle—gas mixture. Time
is measured from the point of injection and can be related to
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distance along the pipe from the injection point by x = Ut.
The particle volume fraction in the flow needs to be deter-
mined from the particle mass balance. For particle-size range
dDp about Dp, this can be written in terms of the injection
particle-mass flow rate, M, as

M
¢deDP= —uso dDp, (11)

P P

where A is the pipe cross-sectional area and f, is the parti-
cle-size distribution of the particles in the static sample. In
general, the distribution at any location in the flow is differ-
ent because of the different velocities reached by particles of
different size under the influence of gravity in the flow. Un-
der the conditions of the experiment considered here, how-
ever, particles of all sizes move with a velocity that is close to
that of the gas flow since the Stokes number is small. Integra-
tion of Eq. 11 over all particle sizes leads to an equation for
the particle volume fraction in the flow,

b= v dD,. (12)
ppA0 up

It can be noted that with u, = U beyond the initial flow, as
just shown, ¢ is a constant and equal to M/ppUA, and f,, is
also constant and identical to the static distribution. In the
computations with the model presented here, the full equa-
tions above are used. The numerical solution (Allen et al.,
2001) involves a straightforward fully implicit finite volume
scheme in which radial space is divided into 60 grid cells and
particle diameter space is divided into 25 grid cells. However,
before sensible computations of an experiment can be made
with the model, reliable information about the particle-size
distribution, the particle porosity and effective diffusivity and
the coefficients in the equilibrium relation must be available.
Determination of these model parameters is considered in
the next several sections.

Particle Characterization

The model equations require that a number of physical
characteristics of the particles are known for effective com-
parisons to be made. The particle porosity, density, and size
distribution all must be known. Further, the pore-size distri-
bution and structure that determine intraparticle diffusion are
needed. A number of measurements have been undertaken
as part of the experimental program and these are described
here.

Pore-size data from two sources have been used. The parti-
cles are supplied with pore volume size distribution data from
the manufacturer, resulting from a combination of mercury
and nitrogen porosimetry. The volume distribution for large
pore sizes—those accessible to the mercury porosim-
etry—were also measured in the present work for the actual
particle samples used in the experiments. After discarding
readings of large pore size judged to correspond to interpar-
ticle spaces in the test samples and using the manufacturer’s
information to account for the contribution of small pore vol-
ume, the two independent distributions could be compared
directly, as shown in Figure 3. The two determinations are
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Figure 3. Cumulative volume distribution of pore size in
the particles.

Open circles are data supplied by the manufacturer; filled
circles are the present mercury porosimetry measurements.

clearly consistent and show that around 30% of the pore vol-
ume is undetected by the mercury porosimetry method alone.

From the measured pore-size distribution and the value of
solid carbon density (taken as 1900 kg/m?), the particle
porosity, density, and pore volume per mass can be deter-
mined (Table 1). The pore-size data will be used further to
estimate effective diffusivity within the particles. For this
purpose details of pore structure, that is, the actual shape of
the pore volume, would be useful. However, no information
about structure is available, so the estimates will need to be
based on some approximation.

The particles used in the study have been produced by
steam activation followed by grinding, producing a collection
of particles having a broad size distribution and nonspherical
shape. Particle size is an important determining factor of the
time scale of adsorption by a particle, with the time depend-
ing on the square of particle diameter (Eq. 7) for a spherical
particle. Thus, it is crucial to have an accurate representation
of particle-size distribution. The Accusizer was used to mea-
sure particles sampled from the pipe flow. The sampled par-
ticles were combined with liquid (containing a surfactant to
reduce agglomeration) and the mixture passed through the
detection volume. The particle-size distributions measured at
injection and just before the filter indicated insignificant
change to the particle distribution during passage through the
pipe.

Several aspects of the particle-size measurement method
tend to overestimate the particle size. These include the si-
multaneous arrival of two particles in the detection zone,
causing undercounting of small particle volume, and counting
of two or more smaller particles together in the detection
zone as though they are a single larger particle. Each of these
should introduce negligible error at the levels of particle-
sample dilution used. Even though a surfactant was used,
some agglomeration still occurred. It is thought that this ag-
glomeration may have distorted the size distribution by an
amount corresponding to a mean particle-size change of a
few percent. The measured particle-size distribution is shown
in Figure 4. The volume average size for the measured distri-
bution is 20.1 wm, but significant volume is found below 5
pm and above 60 um. This range of particle size corresponds
to over a factor of 100 in particle adsorption time scale.
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Figure 4. Measured cumulative volume distribution of
particle size.

The possibility of particle agglomeration under the condi-
tions of the experiment must also be considered. First of all,
the large aerodynamic forces on particles as they flow through
the injector nozzle should break up any agglomerated parti-
cles as they are introduced into the pipe flow. During pas-
sage along the pipe, estimates of particle collision rates for

the conditions of the experiment (Archer, 2000) indicate that
subsequent reagglomeration can be neglected.

The size instrument detects particle projected area and re-
ports a particle size equal to the diameter of the sphere hav-
ing the same projected area. Figure 5 shows a microphoto-
graph of a sample of particles from the experiment, and these
are certainly nonspherical. Nonspherical particles will be as-
signed a diameter in the measurement method that is larger
than the characteristic distance for diffusion across the parti-
cle. A further concern with regard to particle shape is the use
of spherical particles in the model formulation. The strategy
being implicitly adopted is to avoid solving three-dimensional
equations for the intraparticle diffusion process. It is likely
that the use of an effective diffusion diameter will give an
adequate account of nonspherical particle shape, and this re-
quires particle-shape measurement as part of size characteri-
zation. Kaye (1999) gives an account of developments in this
area.

Effective Diffusivity

The measured characteristics of the pores are now used to
determine the effective diffusivity, J,, appearing in the model
equations. The effective diffusivity depends on the pore size

10 um

1 " mim

Figure 5. Electron microscope image of a sample group of particles.
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and geometrical factors such as pore shape and interconnec-
tivity. A straightforward use of the measured pore-size distri-
bution will be used to determine an effective diffusivity. First,
the relations for diffusion in a single cylindrical pore of diam-
eter s will be summarized.

Two limiting cases are relevant to diffusion in pores of typ-
ical size range and when adsorbate concentration is small.
When pore size is sufficiently large, collisions of the gas
molecules with the pore wall are infrequent compared with
collisions with other molecules, and the diffusivity ap-
proaches that in a free gas, . The Chapman Enskog dense
gas theory (Hirschfelder et al., 1954) is then appropriate. The
value determined for the conditions of the experiment is given
in Table 1. When the pore size is sufficiently small, molecules
rarely collide with each other and diffusion is determined by
collision with the pore wall. The accepted relation given by
Knudsen (1909) can be expressed as follows:

8RT

e (13

W] «

K

where R is the gas constant and M is the mean molecular
mass of adsorbate molecules. The radical expression is the
mean molecular velocity. One can see that the diffusivity in-
creases with pore size in the Knudsen regime.

The usual relation for the combined diffusivity, 9, due to
both Knudsen and free diffusion effects is

1 11!
ﬁp=|:5+0—1<} . (14—)

This relation produces the correct diffusivity in each of the
two limits. Other transition relations are possible, for exam-
ple, the exponential transition suggested by Wheeler (1951).
An exponential transition produces a diffusivity for the inter-
mediate pore sizes that is greater than that of Eq. 14 by up to
30%. Equation 14 with Eq. 13 is used here to represent the
diffusivity for diffusion along a pore as a function of pore
size, s. Account must now be taken of the distribution of pore
sizes and of pore structure to determine the effective diffusiv-
ity, 9,. The pore structure of the particles will be taken as
uniform. For example, the porosity and the moments of the
pore-size distribution of a given particle and for all particles
will be considered uniform. A relatively simple relation is
found under the further reasonable assumption that the pore
passages are well connected to one another.

The diffusion flux in the direction of the mean composition
gradient within the particle can be represented as the total
diffusion flux due to pores of different sizes. With f; the vol-
ume fraction distribution of pore size in the particle, the dif-
fusion transfer rate in the radial direction of interest here
can be expressed formally as

0.2 ¢ 4 15
[ v s (15)

At any instant, the gradient of adsorbate density appearing in
the integrand will depend on pore size. Representing the de-
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pendence of this gradient on pore size is complicated by the
lack of information about connectivity of the pores. As a
working approximation, it will be assumed that, at a given
radial position, the gradient is independent of pore size. With
this assumption, the diffusion transfer rate may be written as

—Op—, (16)

where 1_9,, is the mean pore diffusivity:

5P=f(:cﬂ}>fsdsy (17)

with 9, the function of s given by Eq. 14 with Eq. 13.

The preceding takes no account of the orientation of the
pores, since it implicitly assumes all pores lie in the direction
of the concentration gradient. As a result of pores that are
orientated at an angle to the direction considered, the gradi-
ent will be correspondingly decreased by the factor cos 6, be-
cause the diffusion path length is increased by 1/cos 6, where
0 is the angle between the pore-axis direction and the gradi-
ent direction. Assuming all pore orientations for all pore sizes
are equally probable, the mean pore diffusivity just given must
be adjusted by the average of the factors for all orientations.
Integrating the factor over area of the hemisphere on one
side of the plane perpendicular to the gradient direction and
dividing by the hemisphere area gives

1 .. 1
E/o /227-rcos95in0d0=5. (18)

The inverse of this average factor is customarily termed the
tortuosity factor, 7. The effective diffusivity is thus given by
the relation

Up

3 ! wﬁ d 19
e_T_Efo p fds. (19)

Provided that the pore size distribution is available, the effec-
tive diffusivity in the model is determined by these relations.
For the measured pore-size distribution of the particles used
in the experiment (Figure 3), ¥, is found to be 3.47x1076
m?/s (Table 1).

This method can be contrasted with a proposal of Wheeler
(1951) in connection with the chemical reaction in porous
catalysts and commonly cited in texts covering heterogeneous
catalysis (Smith, 1981; Thomas and Thomas, 1997). In this
approach, a single average pore size is used to determine pore
diffusivity and other characteristics related to the pore struc-
ture. The average pore size that results is the diameter, s,
of a cylindrical pore having the same ratio of pore volume to
pore surface area as the particle as a whole:

|4
Syg= 42 (20)
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in terms of the particle pore volume per mass, V, and pore
surface area per mass, A. This representative pore size can
be determined from the pore-size distribution, with the ap-
proximation that pores of a given size all have the same as-
pect ratio, to give

Sys =~ - 2D

With the factor 1/s proportional to the surface-area-to-
volume ratio, this average pore size gives heavy weighting to
the smallest pore sizes. From the measured volume distribu-
tion of pore size (Figure 3), s, is found to be 0.0058 wm for
the particles used here. This pore diameter corresponds to a
pore effective diffusivity of 2.17X 1077 m?/s, that is, only
about 6% of the value resulting from the volume mean of
pore diffusivity proposed here.

The measured pore volume per mass, V, and the value of
syg can be used to determine A from Eq. 20. This value
should be comparable to the measured pore surface area per
particle mass. This calculation gives 4 =743 x10°> m?/kg, as
compared to the BET surface area measurement of 717 X 103
m?/kg (Table 1). The close agreement is somewhat surpris-
ing, as the two methods are not expected to agree precisely.
The BET method makes no assumption about the pores be-
ing cylindrical, but contains uncertainty in the determination
of the precise point of nitrogen adsorption corresponding to
a monolayer of nitrogen over the entire pore surface.

Equilibrium Relation

The parameters in the Freundlich relation, Eq. 1, can rea-
sonably be estimated using the Dubinin-Radushkevich (DR)
theory, for example, Dubinin (1966). The theory uses the ob-
servation that adsorption is dominated by pores of size com-
parable to the adsorbate molecules, the micropores, and an
assumed micropore-size distribution function to express the
volume of condensed (adsorbed) adsorbate as a function of a
micropore structure parameter, k, a relative affinity coeffi-
cient, 8, and the molar work of adsorption

Ay =RTIn (22)
p

where p is the partial pressure of adsorbate in the gas and pyg
is the saturation vapor pressure of the adsorbate species.
Taking the density of the condensed adsorbate to be the lig-
uid density under standard conditions, p, = 1,600 kg/m?, the
DR equilibrium relation can be written

m= p W, exp| = x(Ay/B)]. (23)

The parameters in this relation can be determined for the
present conditions following the procedure reported in Du-
binin (1966) and Urano et al. (1982). The values found for
the parameters in Eq. 23 are W, =0.4x 107> m’/kg, k =1.8
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x107° (mol/J)?, and B =1.155. The DR relation is not in
the form of the Freundlich isotherm on which the modeling
is based. Over the range of adsorbate concentration in the
present experiment, the values K = 985 kg/m> and g = 0.337
give a representation of Eq. 23 to within about 1%.

Deviation from the DR theory is found for carbon materi-
als having a relatively small fraction of pore volume in the
micropores or possibly when the distribution of micropore
sizes is unusual (Rodriguez-Reinoso and Linares-Solano,
1989). Also, the presence of secondary adsorbate species can
affect adsorption of the primary adsorbate. The most likely
secondary species is the water vapor present in the flue gas
(about 5% by mass). At somewhat lower water-vapor concen-
trations than this and at ambient conditions, Werner (1985)
found water vapor to have a significant effect on activated
carbon adsorption of trichloroethylene, reducing the ad-
sorbed trichloroethylene by up to more than 50% at low gas
concentrations.

Residence Time

A final uncertainty in the comparison between the model
and the experiment is associated with departures from the
ideal of plug flow implicitly used in deriving the bulk conser-
vation equations (Egs. 10 and 11). There is reason to believe
that significant three-dimensional effects occur in the particle
injection region in the experiment. First of all, the injection
jet is directed in the upstream direction and, thus, the in-
jected gas and particles follow trajectories that must bend
through 180° to proceed downstream. Also, there are four
viewports just near the injection point that considerably alter
the otherwise circular cross section of the pipe. While one
could have solved the three-dimensional flow and particle
conservation equations for the true geometry, together with
the model equations for particle adsorption, it was felt that
this considerable effort was not justified. Instead, an approxi-
mate study of the three-dimensional flow field produced in
the vicinity of the viewports and injection was carried out to
provide an estimate of the average residence time from injec-
tion through the three-dimensional region to the first mea-
surement position at x = 0.485 m.

Commercial computational fluid-dynamics software
(Fluent, 1996) was used to solve the governing equations for
the turbulent particle-laden flow resulting from injection into
the pipe flow. The geometry is approximated using a rectan-
gular pipe section, although the main geometric relations,
flow cross-sectional areas, and volumes are preserved. The
solution domain in the vicinity of injection is shown in Figure
6, where it can be seen that advantage has been taken of the
planar symmetry of the mean flow. The flow in the injector
tube is included in the computation so that the skewing of
the injection jet resulting from the sudden change in flow
direction through the nozzle can be represented. The mean
continuity, momentum, and k-e turbulence model equations
for the gas phase are solved together with stochastic La-
grangian equations for the particles (Maclnnes and Bracco,
1991, 1992). Momentum coupling between the gas and parti-
cles is included. The grid used in the computations is 26 X 91
X 35 cells, and average particle residence times are based on
25,000 sample particle trajectories, with particles released
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Figure 6. Three-dimensional flow computation domain
in the vicinity of the particle and gas injection.

from five positions distributed over the injector tube inlet.
Figure 7 shows computed velocity vectors, particle trajecto-
ries, and adsorbate concentration, using two orthogonal views
in the first two cases. The skewing of the injection jet is found
to be significant. The particle trajectories shown indicate that
the particles penetrate to about two pipe diameters upstream
before turning back to travel in the main flow direction. The
particles are more likely to be found on the side of the pipe
to which the jet is skewed, although by the time the first mea-
surement position is reached (5.9 pipe diameters downstream
from the injection exit), they are uniformly distributed in the
flow. The particles clearly find their way into the viewport
volumes at the side of the pipe. One can see particles trapped
in the viewport recirculation zones, particularly in the up-
stream viewport. It is noted that the bulk concentration is
established rapidly following the introduction of the injection
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Figure 7. Computed character of the injection flow field
with particles.

Views from two orthogonal directions of velocity vectors (in
two planes passing through the injection nozzle) and sample
particle trajectories.

air into the flue gas and adsorbate. After just one diameter,
the gas reaches a composition that is uniform to within 3%.

Computations were made of a range of particle mass flow
rates covering the experimental range. It was found that the
average residence time varied somewhat with particle-mass
loading. The computed residence times are shown in Figure
8 as a function of particle-mass loading (defined as the ratio
of particle-mass flow rate and injection air-mass flow rate).
The residence time is expressed as a ratio with the residence
time x/U = 0.0323 s that would be found for plug flow in the
pipe. The computation indicates a true residence time that is
about twice the plug-flow residence time and that increases
with particle-mass loading. One can easily understand the in-
creasing residence time with mass loading in terms of the
greater penetration upstream by a jet of greater momentum.
Some of the increase may also result from changes in the
flow field that allow more particles to find their way into the
viewport recirculation zones.

The residence time is also found to depend on particle size.
For an intermediate particle-mass flow rate, average resi-
dence time was determined for each of several particle sizes
spanning the range of sizes in the distribution. The residence
times determined are plotted after normalization by the aver-
age in Figure 9. There is a deviation by around +10% of the
average with the computations, indicating an increasing resi-
dence time with increasing particle size. While the computa-
tions indicate that residence time varies both with particle
size and particle-mass flow rate, the residence time is gener-
ally about twice that for plug flow. In making comparisons
with the experimental results, residence times for the experi-
ment are determined using the computed average residence
time to the first measurement position and the plug-flow resi-
dence time beyond the first measurement position.
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Figure 8. Computed influence of particle mass loading
on average particle residence time in the flow
from injection to the first measurement posi-
tion.

Results

The model is now used to compute the change in bulk gas
adsorbate mass fraction along the flow for the conditions of
the experiments. The computation uses the parameter values
estimated in the preceding sections, listed in Table 1, and the
measured distribution of particle sizes (Figure 4). Mean resi-
dence times in the flow from injection to the three measure-
ment positions in the experiment take account of the com-
puted shift relative to plug flow associated with the complex
injection flow field. The data for the adsorbate bulk mass-
fraction measurements and the computed residence times to
the first position downstream of injection are summarized in
Table 3. These experimental results are compared in Figure
10 with the model computations, where the adsorbate “up-
take”,1—Yp/Yy,, is plotted as a function of time from injec-
tion.

The expected trends can be observed in the plot: uptake
increasing both with time and with particle injection mass flow
rate. A striking difference between the computation and the
experiment is the overestimate of uptake by the model for

tplt

0.5 p

0 ) ) L
0 20 40 60 80

Dp (pm)
Figure 9. Dependence of mean residence time on the
particle diameter.
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Table 3. Measured Bulk Mass Fraction and Computed
Average Residence Times to the First Measurement Position
Downstream of Injection

Avg. Residence

Time to x = 0.485 m Ys/Y3s,
p To.485U
M (g/s) Toass (ms) x=0 0485m 343m 6.50m
X0.485

0.113 173 559 1.00 0.789 0.759  0.699
0.430 177 573 1.00  0.700 0.591  0.537
0.740 1.85 598 1.00 0.518 0.410  0.386
1.35 2.01 64.9 1.00  0.260 0.190  0.139

the three highest particle-mass flow rates. At the final mea-
surement position where particles will have reached approxi-
mate equilibrium, this indicates inaccuracy in the equilibrium
relation used in the computation. Since the overestimation of
equilibrium occurs at the lowest bulk gas adsorbate concen-
trations, it is possible that effects of water vapor (Werner,
1985) are the cause. To explore the inaccuracy of the equilib-
rium relation, the Freundlich (DR) isotherm used in the
computations was plotted with the equilibrium evidence that
could be deduced approximately from the measurements. At
the furthest measurement position downstream, diffusion of
adsorbate will have progressed considerably into the particles
so that the adsorbed mass will approximate that which would
be in equilibrium with the bulk gas concentration. At the fi-
nal measurement position, the nondimensional time, ¢*, is
0.046 for a particle of the mean size. Results presented in
Allen et al. (2001) indicate that approximately double this
time would be required for the particles to be within a few
percent of true equilibrium. Figure 11 gives a plot of the the-
oretical isotherm together with the four data points derived
from the experiment. Even though the measured data are ap-
proximate, it is clear that the theoretical isotherm used is
inadequate.

A second series of computations was made with an isotherm
constructed to mimic the equilibrium behavior implied by the
experiment. The isotherm data derived from the experiment

1.0
0.8
2 06
i 0.43 g/
. S
04
~
0.113 g/s
0.2
0.0 1 1 1 1
0.0 0.1 0.2 0.3 0.4 0.5

t (s)

Figure 10. Comparison of the model of adsorbate up-
take and that measured.
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Figure 11. Theoretical and empirical isotherms com-
pared with approximate equilibrium data of
the experiment.

are expected to underestimate adsorbed mass at a given bulk
gas concentration, since equilibrium has not been fully
reached. Thus, the true isotherm will lie somewhat above the
experimental points on Figure 11. On that figure is shown
the constructed isotherm satisfying this rough constraint and
which approaches the theoretical equilibrium relation at high
adsorbate concentration. The effect of water vapor on the
equilibrium curve found by Werner (1985) displays a similar
behavior, with the adsorption being suppressed just at low
adsorbate concentration by the presence of water vapor. The
result of using this new isotherm in the model computation is
shown, again with the experimental data, as the solid curves
in Figure 12. The modification to the equilibrium relation
brings the computation of the latter stages of adsorption into
close agreement with the experiment. These results point to
the importance of an accurate determination of the equilib-
rium relation for the actual conditions of interest.

1.0

0.8 e .

0.6 |/ e

1-Y 3/Y 5,
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Figure 12. Model computation using empirical isotherm.

Solid curve with measured particle size distribution; dashed
curve with particle size reduced to 0.68 of measured sizes.
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One major difference remains. That is the underestimation
of uptake by the model in the early stages of adsorption. At
the first measurement position downstream of particle injec-
tion, the experiment shows consistently greater uptake than
in the computation (i.e., the solid curves of Figure 12). The
difference can be understood in terms of the time scale of
the adsorption process given by Eq. 7. Since the model is
reaching the correct equilibrium uptake, the adsorption rate
in the model is too low. From Eq. 7 this means that the time
scale D3(1+ K*)/9, is too large, by about a factor of 2, ac-
cording to the experimental result at the first position down-
stream. The possible problems in the model, therefore, are
that the effective diffusivity within the particle is too low, K*
is too high, or the particle diameters are too large. Consider-
ation of the uncertainties in the pore-size distribution, on
which the diffusivities depend, led to an estimated error of at
most about 10% in the diffusivity. Further, the diffusivity
would be increased using the exponential function transition
to the Knudsen regime in place of Eq. 14, as proposed by
Wheeler (1951). The effect would move the computation in
the direction of the experiment but only by a small fraction
of the factor of 2 needed. The error in K*, which depends
on the equilibrium parameters and directly measured quanti-
ties, is estimated to be even smaller. Thus, inaccuracy in pa-
rameters involved in K* or in the effective diffusivity cannot
account for the slow adsorption given by the model.

One can note here also that determining the diffusivity us-
ing the average pore size proposed by Wheeler (1951) greatly
worsens agreement. This average size is for a pore having the
same volume-to-surface ratio as for all pores within the parti-
cles, and is given by Eq. 21. As mentioned in connection with
that equation, the diffusivity determined in this way will be
only 6% of that resulting from the present analysis, and that
has produced the solid curves of Figure 12. A computation
with the volume-to-surface pore size would give an adsorp-
tion rate of only about 3% of that indicated by the experi-
ment.

The adsorption time scale is in fact most sensitive to the
remaining parameter, the particle diameter, depending on its
square. Smaller particle diameters than those represented by
the measured distribution could account for the underestima-
tion of adsorption rate. As mentioned earlier, the relation
between actual particle shape and the diameter reported by
the size measurement instrument is expected to be an overes-
timate of diffusion distance to the particle interior volume.
For example, a particle in the shape of a cube has an average
projected area of 1.5 times the area of one side of the cube,
for equally probable orientation with respect to the projec-
tion direction. The size reported in the measurement for this
particle for this average projected area is 1.38 times the cube
side length, being the diameter of the sphere having the same
projected area. For a particle in the shape of two cubes joined
together at a side (a prism of square section and aspect ratio
2) the average projected area is 2 times the area of one side
of the cubes and the reported size is 1.59 times the cube side
length. The diameter, Dp, entering the model represents dif-
fusion distance to the core of the particle. For the spherical
particles assumed in the model this is the diameter of the
sphere, but for a rectangular shape such as a cube the diffu-
sion distance will be to that of the minimum side length. Re-
ducing the particle sizes in the computation to account
roughly for actual particle shape produces the results shown
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with a dashed curve in Figure 12. The particle sizes in the
measured distribution have been reduced by a factor midway
between the cube side to projected area diameter values for
the single and double cubes (a factor of 0.68). The shift in
adsorption time scale due to this account of particle shape is
about the right magnitude to account for the measurements.
This result gives a clear indication of the need to improve the
characterization of particle shape.

Conclusion

Measurements of adsorbate uptake by activated carbon
particles are combined with a theoretical model to establish
the adequacy of the modeling and clarify the critical parame-
ters determining the adsorption. The conditions of the exper-
iment correspond to those typical of dry sorbent injection
which is used in cleaning gas streams. Particle-size and pore-
size distributions are measured in the experiment to allow
determination of the particle properties required in the model
representation. Measurements of bulk gas adsorbate concen-
tration at several positions downstream from particle injec-
tion are made to characterize adsorbate uptake by the parti-
cles.

The model used is that described in Allen et al. (2001),
although considerable further development is made in rela-
tion to determining the particle parameters required by the
model. A consistent treatment of intraparticle diffusivity is
developed based on standard measured pore-size distribu-
tion. From the hypothesis of random pore channel distribu-
tion, a theoretical tortuosity factor of 2 is found to apply. The
proposal of Wheeler (1951), which continues to be presented
in texts without qualification, that the intraparticle diffusivity
be determined as the diffusivity of the pore size having the
same pore-volume-to-pore-surface-area ratio as the particle
as a whole, is shown to greatly underestimate pore diffusion
for the activated carbon considered.

The equations are integrated in time along the flow as the
gas and particles travel downstream from the particle injec-
tion position. The complexity of the particle injection flow
field, which involves injection in the upstream direction and
recirculation zones in adjacent view port volumes, prompted
an estimation of mean residence time for particles moving
through this injection region. Three-dimensional computa-
tions of the flow with particle injection were made to estab-
lish mean residence time and its dependence on particle size
and particle-mass loading. The residence times determined
were used for the time from injection to each downstream
position in the experiment.

The Dubinin-Radushkevich equilibrium relation is initially
applied in the modeling. This leads to a poor account of the
experiment results. It is found that the measurements at the
furthest downstream positions, which are in approximate
equilibrium, give an indication that adsorption at low ad-
sorbate concentration is lower than that given by the theoret-
ical equilibrium relation. Evidence from other work suggests
this may be the result of the presence of water vapor in the
gas. Use of an empirical equilibrium curve to fit the equilib-
rium points implied by the downstream measurements, yet
consistent with the theoretical relation at large adsorbate

concentrations, produces good agreement with the down-
stream measurements.

Comparison of the model with the measurements from in-
jection along the length of the flow indicates the adsorption
time scale produced by the model to be about double that
implied by the experiment. Consideration of the possible
weaknesses in the model suggests that misrepresentation of
particle size when the measured size distribution is used di-
rectly is the most likely cause. Were the experimental parti-
cles all spherical in shape (an assumption both of the model
and the size measurement technique), the model would be
expected to agree with measurement, although this remains
to be proven. It is argued that nonspherical particle shape
causes an overestimate of particle effective diffusion length
resulting from the size measurement. The degree of the ef-
fect is demonstrated by an approximate adjustment of the
size distribution to account for particle shape.
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